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Abstract

Experiments were performed in a 0.29 m ID fluidization column to investigate heat transfer from a vertical tube immersed in a bed of
70 lm FCC particles in the range of superficial velocities close to the transition to the turbulent fluidization regime. The results show that
the transition is a gradual process and that the changing hydrodynamics affect the heat transfer. The highest heat transfer coefficients
were found in the range of superficial gas velocities where the transition to turbulent regime occurred. Radial profiles of heat transfer
coefficient were almost flat in the turbulent fluidization regime and changed very little with increasing superficial gas velocity.
� 2007 Elsevier Ltd. All rights reserved.
1. Introduction

Three modes of heat transfer are important with respect
to surfaces immersed in fluidized beds: (1) convection by
particles carrying heat conducted through the gas layer in
contact with the exchange surface; (2) convection by gas,
and (3) radiation. Many processes utilizing fluidized beds
operate at temperatures below 500 �C where the radiation
component is of secondary significance [1]. For the pro-
cesses listed in Table 1 [2,3], the main interest is the convec-
tive heat transfer component. The particles used in these
processes belong to Geldart group A, and the superficial
gas velocities are relatively high, as shown in Table 1. Expe-
rience in operating these units has shown that increased gas
velocities lead to a more homogeneous flow structure,
improved mixing and high heat transfer rates. These are fea-
tures of the turbulent fluidization flow regime, a transitional
regime situated between bubbling and fast fluidization.

The development of a probabilistic fluidized bed reactor
model [4] highlights the need for a heat transfer model that
can be applied across different fluidization flow regimes, in
particular bubbling, turbulent and fast fluidization. Heat
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transfer in bubbling and fast fluidization has been studied
extensively (see the recent review by Chen [5]), but little
work has been done on heat transfer in the turbulent fluid-
ization regime. Comparison of different heat transfer corre-
lations in the literature and experimental data for bubbling
beds shows deviations of the order of 100% [6]. One reason
for such large deviations is that some of the beds were actu-
ally in the turbulent fluidization flow regime and that the
change in hydrodynamics accompanying the transition to
the turbulent regime was not considered.

Very few experimental studies on heat transfer report
explicitly on whether the bed was operated in the turbulent
fluidization regime [7–13], though there are undoubtedly
studies in the literature where the hydrodynamic regime
was not determined, but where the turbulent flow regime
was present. Except for the studies of Leu et al. [10] and
Sun and Chen [13], the particles have been relatively large.
Sun and Chen [13] and Basu et al. [7] reported that their
maximum heat transfer corresponded closely to the onset
of the turbulent flow regime. A lack of studies of heat
transfer in turbulent fluidization regime is likely associated,
to some extent at least, with uncertainties regarding the
onset of the turbulent regime.

Given the advantage of operating at or near the maxi-
mum heat transfer coefficient in processes where heat
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Nomenclature

As heat exchange surface area, m2

Cr correlation coefficient employed by Wender and
Cooper [24]

Dt column diameter, m
H expanded bed height, m
h heat transfer coefficient, W/m2 K
H0 static bed height, m
I electrical current, A
Nu Nusselt number, Nu = hdp/kg

Ql heat losses, W
R column radius, m
R0 reduced column radius (R0 = R � rt), m
Rep Reynolds number, Rep = Udpqg/lg

r distance from column axis to heater axis, m
rt radius of heater tube, m
Tb bed temperature, �C

Ts surface temperature, �C
U superficial gas velocity, m/s
Uc velocity at onset of turbulent regime, m/s
Umf minimum fluidization velocity, m/s
V voltage, V
xi fraction of particles having diameter dpi

Dp differential pressure, kPa
Dz axial distance between pressure taps, m

Greek symbols
e0 packed bed voidage, –
j dimensionless constant introduced by Martin

[26], j = 2–4
qp particle density, kg/m3

Table 1
Some commercial turbulent fluidized bed reactors operating at tempera-
tures below 500 �C [2,3])

Process or
product

Particle
classification

Typical gas
velocity (m/s)

Temperature
range (�C)

Mobil MTG
reactors

Group A �0.5 400–500

Acrylonitrile Group A 0.4–0.7 400–500
Maleic

anhydride
Group A �0.5 400–500

Phthalic
anhydride

Group A 0.3–0.6 340–385

Chlorination of
methane

Group A �0.5 350–400

Ethylene
dichloride

Group A �0.5 �270
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transfer is important, it is clearly of value to investigate,
understand and model heat transfer in this flow regime,
and this will be the subject of a future publication. The
research in this paper is focused on an experimental inves-
tigation of convective heat transfer coefficients from an
immersed vertical tube in a cold model fluidized bed of Gel-
dart group A particles over a range of velocities where the
bed undergoes a transition from the bubbling to the turbu-
lent fluidization flow regime. The effects of gas velocity,
radial position of the heat exchanger tube and bed depth
are reported.
2. Experimental methods

2.1. Equipment and instrumentation

The heat transfer experiments were performed in a
0.29 m ID, 4.5 m high Plexiglas fluidization column as
shown schematically in Fig. 1. Air was supplied by a posi-
tive displacement Roots blower (1), with a maximum flow
of 425 Nm3/h (0.118 Nm3/s) at 69 kPa. The air flow to the
column was controlled by a ball valve in the bypass line (2)
and measured by means of an orifice plate (3). The air pass-
ing through the windbox (4) was distributed by a perfo-
rated distributor plate (5) consisting of two perforated
plates, each with 98 aligned holes in an equilateral triangu-
lar pattern with centres 32 mm apart. To prevent the parti-
cles from falling through the holes, a 38-lm stainless steel
mesh was sandwiched between the two plates. The column
(6) had 59 side ports (7 and 8 on Fig. 1) on opposite sides of
the column for pressure and temperature measurements.
Particles entrained from the column through the abrupt
exit were collected by two cyclones. The primary cyclone
(9a) discharged the solids into the primary return leg
(10). Fine solids and gas leaving the top of the primary
cyclone entered the secondary cyclone (9b) where more sol-
ids were collected and returned to the bed via a secondary
return leg (10). Each of the return legs was equipped with a
butterfly valve (11). The two return legs merged together
before connecting to a section equipped with a flapper
valve (12), controlling the particle return flow to the bed
by pressure balance. The exit from the secondary cyclone
was connected through a bag house filter (13) to the venti-
lation system.

An electrically heated tube (14) was designed and man-
ufactured to measure the heat transfer coefficients. Ni–Cr
heating wire was wound around a hollow cylindrical Teflon
core, and this assembly was inserted in a copper shell
(0.0286 m OD and 0.101 m long) to obtain an even temper-
ature distribution and smooth surface. The space between
the heater and the heating wire was filled with thermally
conductive cement. Care was taken to prevent any air from
being trapped inside. At the tube ends, Teflon pieces of
semi-spherical shape (15) were installed to minimize heat
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losses. Two T-type thermocouples were installed on the
heater surface to measure the surface temperature. Two
other T-type thermocouples were installed near the tube
ends. The heater tube was supported and positioned at dif-
ferent radial locations by two horizontal tubes (16) (Fig. 1).
All wires were led through the hollow heater core and then
through the support tubes to the data acquisition system
and the power supply. Power to the heater was supplied
by a DC power source, Samlex PSA 305, with adjustable
voltage.

The heat transfer coefficient, h was calculated from:

h ¼ VI � Ql

AsðT s � T bÞ
ð1Þ

The voltage V and current I supplied to the heater were
logged to the data acquisition system using a voltage divi-
der and current sensor, respectively. Heat losses, Ql, were
estimated by comparing the experimental data obtained
for the heater tube in an air flow with correlations for
forced and free air convection [14] from vertical surfaces.
The total heat loss was found to be in the range 2–4%
for heat transfer coefficients of 100–400 W/m2 K. The over-
all uncertainty of the measured heat transfer coefficient,
including the heat losses, is estimated to be ±4.5% [15].
Bed temperature Tb was measured by five T-type thermo-
couples (18) positioned along the height of the bed
(Fig. 1). The axial profile of temperature was quite uni-
form, and the arithmetic mean was taken as the bed tem-
perature Tb. The heater surface temperature, Ts was
calculated as the arithmetic mean of the temperatures mea-
sured by the T-type thermocouples attached to the heater
surface.

Information on the hydrodynamics of the bed was
obtained from pressure measurements based on eleven dif-
ferential and seven absolute pressure sensors, 142PC series,
connected to pressure taps (19) located along the column,



Table 2
Bed material properties

Particles dp (lm) qp (kg/m3) cp (J/kg K) e0 (–) Umf (m/s)

FCC 70 1600 800 0.45 0.0025
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flush with the column wall (Fig. 1). Standard deviations of
pressure fluctuations were acquired from the dynamic mea-
surements, giving information on the transition to the tur-
bulent flow regime. Bed expansion, mean bed voidage and
cross-sectional mean bed voidage were obtained from the
steady state pressure measurements. The mean bed voidage
was calculated from the momentum balance, assuming that
the pressure drop across the expanded bed height is equal
to the weight of the bed per unit area. The uncertainty of
the voidage calculated in this manner was estimated to be
±2.5% [15].

All instruments (pressure transducers, thermocouples,
current sensors) were connected to an analog/digital con-
verter (DAS08) and then to a PC via 32-channel expansion
boards. Once steady state was achieved, data were recorded
every 5 s for 5–10 min using a custom-made Visual Basic
program. The pressure fluctuation data were recorded for
periods of 100 s at a sampling frequency of 50 Hz using
Labtech Notebook software.
2.2. Bed material

The properties of the spent fluid cracking catalyst (FCC)
particles used in the experiments are provided in Table 2.
Sieve analysis was performed to obtain the particle size dis-
tribution and mean diameter. The mean particle diameter
dp was calculated as:

dp ¼
1
P xi

dpi

ð2Þ

where xi is the mass fraction of particles having diameter
dpi . The particle density qp was obtained from the supplier.
3. Results and discussion

3.1. Transition velocity, Uc

The superficial gas velocity marking the onset of the
transition to the turbulent fluidization flow regime, Uc, is
commonly defined as the velocity at which the standard
deviation of pressure fluctuations reaches a maximum.
Chen and Bi [16] showed that the maximum of the stan-
dard deviation of pressure fluctuations corresponds to
either the maximum bubble size or to a reduction of the
separation distance between bubbles, providing a mecha-
nism for transition to the turbulent regime.

Differential and absolute pressure fluctuations were
recorded at different axial locations along the column.
Third-order polynomial curves with superficial gas velocity
as the abscissa were least-square-fitted through the
standard deviation of pressure fluctuations for each axial
position, and the maximum of each curve was then deter-
mined in the range of superficial gas velocities from 0.1
to 1 m/s. This procedure was performed for both absolute
and differential pressure fluctuations for each static bed
height, H0, investigated. The results confirm that the tran-
sition to the turbulent regime is a gradual process, starting
from the top of the bed and progressing to the bottom as
the gas velocity is increased, as previously reported by Ellis
[17]. The transition is also affected by static bed height for
H0/Dt < 3, deeper beds giving higher Uc. The data from the
absolute and differential pressure transducers located close
to the level of the heater (0.45–0.75 m above the distributor
plate) were used to determine the range of transition veloc-
ities Uc for comparison with the heat transfer data. Fig. 2
shows the standard deviation of absolute pressure fluctua-
tions (AP) 0.464 m and 0.654 m above the distributor plate
and of differential pressure fluctuations (PD) 0.591 m
above the distributor plate (axial distance between ports,
Dz = 0.127 m), for a static bed height H0 = 0.8 m. Uc was
found to be in the range 0.46–0.65 m/s for H0 = 0.8 m
and 0.6–0.8 m/s for H0 = 1.0 and 1.2 m.

3.2. Effect of gas velocity

The measured heat transfer coefficients with increasing
gas velocity for H0=0.8 m are plotted in Fig. 3 for a vertical
tube located at the axis of the bed. The range of velocities
corresponding to the transition to the turbulent fluidization
regime is indicated on the figure. The error bars represent
± one standard deviation of the signal. Below Uc, in the
bubbling regime, the heat transfer coefficient increased with
increasing gas velocity. In the range of velocities where the
onset on turbulent fluidization was observed, the heat
transfer coefficient reached a shallow maximum, after
which it slightly decreased for the static bed height
H0 = 0.8 m. The decrease of the heat transfer coefficient
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might be due to increased voidage at high superficial gas
velocities in the centre of the column. As can be seen in
Fig. 4a, where the bed expansion is plotted against increas-
ing superficial gas velocity, for U < Uc the bed gradually
expanded as the gas velocity increased. Then its surface
level dropped slightly in the region of the transition to tur-
bulent regime. The decrease in the expanded bed height at
the onset of turbulent fluidization is probably due to
increased entrainment of particles and the inability of the
solids return system to recirculate all the entrained particles
to the bed. At U > 0.8 m/s the expanded bed height
dropped, to a level close to the top of the heater (marked
on Fig. 4a) leaving a small portion of the heater exposed
to a high voidage and contributing to a reduced heat trans-
fer coefficient for U > 0.8 m/s. The mean bed voidage is
also plotted on Fig. 4. The voidage increased continuously
with increasing gas velocity, increasing at a higher rate for
U > 0.8 m/s (Fig. 4a). Fig. 4b shows the expanded bed
height and the bed voidage for H0 = 1.2 m.

For small particles, like those used in our experiments,
the particle convection component is the dominant heat
transfer mechanism. The frequency of exchange of particles
at the surface and the particle concentration near the sur-
face therefore play dominant roles. In bubbling beds, bub-
ble behaviour determines the circulation patterns of
particles, the frequency of exchange, and the time spent
by particles at the surface. The particles travel mostly in
the vertical direction, carried up in the bubble wakes, with
their velocities depending on the velocity of the rising bub-
bles. Coalescence and splitting cause some lateral move-
ment of the particles. The particles in the region close to
the bed surface are accelerated by erupting bubbles, and
then fall back onto the bed surface where they join the slow
downwards-flowing dense phase near the walls and/or
between bubbles. From the heat transfer point of view,
the bigger, faster bubbles passing near the heating surface
give higher heat transfer coefficients because they bring
fast, ‘‘fresh” particles in their wakes. At the same time, they
also expose the surface to more gas which exchanges and
carries much less heat than the particles, but because larger
bubbles also travel faster, they do not spend much time at
the heater surface. The effect of increased voidage is over-
come by the effect of increased particle exchange. The heat
transfer coefficient continues to increase, despite the fact
that the void fraction grows with increasing gas velocity.
When the superficial gas velocity approaches the transition
region, the increase of the heat transfer coefficient slows
down, corresponding to the gradual change to the turbu-
lent fluidization regime flow structure.

In the range of velocities corresponding to the onset of
turbulent fluidization, the mechanism by which particles
are exchanged at the heater surface begins to change as
large bubbles become unstable and break up. Experimental
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studies [18,19]) show that the flow structure is more
homogenous, and it is difficult to distinguish between void
and dense phase in the turbulent fluidization flow regime.
Ellis et al. [19] reported that as the bed enters the turbulent
flow regime the distribution of the measured local voidage
is wider, as is the radial distribution of particle velocities.
The magnitude of the measured particle velocity did not
undergo a marked transition to the turbulent regime. Note
that in their study the measurements were taken only in
vertical direction, while by visual observation it is clear that
there is increased lateral movement of particles in the tur-
bulent flow regime. Hamidipour et al. [20,21] measured
contact frequency and the axial distribution of particle con-
tact times by means of a radioactive particle tracking tech-
nique. They found that for FCC particles the contact
frequency was widely distributed in the turbulent flow
regime and not significantly affected by increasing superfi-
cial gas velocity.

Bi et al. [22] suggested that bubble break-up is caused by
transition to an open turbulent wake of a leading bubble
when the void fraction in the bed is high and bubbles are
separated by a critical distance from each other. Assuming
that there is a critical Reynolds number, as proposed by Bi
et al. [22], related to the maximum bubble diameter and a
critical bubble velocity, beyond which vortex shedding
occurs downstream of the rising bubble [23], we can postu-
late that detached vortices interact with each other and
propagate through the bed like turbulent eddies. This
causes a transition in the two-phase flow structure, carrying
and accelerating particles from what used to be dense
(emulsion) phase and entering the space occupied by dis-
torted unstable voids. For this flow structure, fast particles
contributing to the high heat transfer rates are brought to
the heat exchange surface by detached vortices from the
wake, or ‘‘turbulent eddies”, that propagate independently,
in contrast to the bubbling flow structure when wakes are
closed and attached to the bubble. The heat transfer sur-
face is exposed to a stream (mixture) of gas and particles
with increased voidage which can come from any direction,
spending very little time at the surface before being
replaced by another stream. The lifespan of the eddies sus-
pending the particles is expected to be short, as part of its
turbulent energy is transformed into kinetic energy of the
particles. The effect of increased voidage, which tends to
decrease the heat transfer coefficients, is counterbalanced
by the effect of increased frequency of particle exchange,
in such a way that the heat transfer coefficients remain rel-
atively unchanged with increasing gas velocity in the turbu-
lent flow regime.

Fig. 3 compares our experimental data measured at the
axis of 0.8 m deep bed, 0.6 m above the distributor, with
published correlations and models. The effect of increasing
gas velocity is captured very well by the Wender and Cop-
per [24] correlation and the Molerus and Wirth [25] model.
The latter gives the best predictions, with �9% error. The
error becomes larger (31%) at low gas velocities for a dee-
per bed (H0 = 1.2 m), not shown on the figure. This
approach is also unable to predict the effect of radial posi-
tion in the bed. However, agreement with the experimental
data is remarkably favourable. When the correlation con-
stant in the Wender and Copper [24] equation is Cr = 1,
the correlation gives �56% error. For a correlation con-
stant of Cr = 0.62 for H0 = 0.8 m and Cr = 0.75 for
H0 = 1.2 m, this correlation fits the experimental data
almost perfectly, with randomly distributed error in the
range �3 to 7%. The Wender and Copper [24] correlation
and Martin [26] model include voidage in their correla-
tions. The mean bed voidage obtained experimentally was
used in the calculations. The j coefficient in the Martin
[26] model was taken as 4, giving deviations from the
experimental data from 0% to 40%, with the deviation
increasing as the gas velocity increased. The correlation
of Vreedenberg [27] under-predicts the heat transfer coeffi-
cient by 40–60% and does not follow the correct trend.
3.3. Effect of radial position

The behaviour of the heat transfer coefficient with
increasing superficial gas velocity depends, as shown in
Fig. 5, on the radial position of the heater, made dimen-
sionless by the column radius (R), minus the radius of
the heater tube, rt, i.e. R0 = R � rt.

When the heater was located in the central region of the
column, at lower superficial gas velocities the heater trans-
fer coefficient increased, then went through a shallow max-
imum near the onset of turbulent fluidization regime, and
finally slightly decreased in the turbulent regime, with
increasing gas velocity, as explained above. For the heater
locations r/R0 = 0.3 and 0.6, the heat transfer coefficient
remained relatively unchanged with increasing gas velocity
once it reached the turbulent regime. As the heater
approached the column wall the heat transfer coefficient
increased with increasing gas velocity over almost the
entire range of superficial gas velocities investigated, appar-
ently slowing down after the transition to the turbulent
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flow regime was complete. The different trend in the central
region compared to the wall region can be attributed to the
different flow structures in the two regions before the onset
of the turbulent fluidization regime. The central region of
the bed starts the transformation from a flow structure
dominated by large fast-moving bubbles, whereas the
region near the walls starts to transform from a dense layer
of downward-moving mixture of gas and particles. Both
regions gradually transformed towards a structure domi-
nated by fast particles suspended in a stream of vigorously
interacting turbulent eddies throughout the bed as the
velocity increased.

For better illustration, the radial profiles of the mea-
sured heat transfer coefficients are shown on Fig. 6 for
H0 = 0.8 m. For U < Uc, the heat transfer coefficient
increased at each radial location of the heater, giving flatter
radial profiles as the gas superficial velocity increased.
When the heater touched the column wall (i.e. r/R0 = 1),
channelling and gas bypassing were induced between the
heater and the column wall, resulting in lower heat transfer
coefficients. As the gas velocity increased beyond Uc, fluid-
ization improved in this region. The bed appearance
beyond Uc observed at the column wall was clearly turbu-
lent, with streams of particles moving in all directions and
unstable voids of irregular shape quickly appearing and
disappearing. The slight asymmetry of the profile at
U = 0.1 m/s might be due to uneven fluidization. The air
distribution system was designed for high gas velocities,
so the pressure drop at these low velocities was too low
to assure uniform flow distribution across the bed cross-
section. It was also difficult to set the gas flow to be pre-
cisely the same on different days when the two sides were
done, and there were variations in relative humidity of
the air.

When the gas superficial velocity exceeded Uc, the radial
profiles of the heat transfer coefficient became flat and
almost independent of increasing gas velocity. In the bub-
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bling flow regime the maximum heat transfer coefficient
in the radial profile can be attributed to increased bubble
activity near the heater, bringing fresh particles to the sur-
face, counterbalanced by increasing surface coverage by
gas. Although the maximum voidage has been found in
the centre of the bed in turbulent regime, and it increased
with increasing gas velocity [19], the heat transfer coeffi-
cient remained relatively unchanged with increasing U.
The small variation of the measured heat transfer coeffi-
cients is due to the coupled effects of increased frequency
of particle exchange at the heater surface and increased voi-
dage. In the turbulent fluidization regime the high heat
transfer is due to the increased mixing because of the par-
ticles carried in the turbulent eddies, offsetting the effect of
the increased voidage. For U > 0.8 m/s the heat transfer
coefficient started to decrease slightly in the centre of the
bed as particle entrainment increased and the effect of
increased voidage become more influential.
3.4. Effect of static bed height

A set of experiments was performed where the heater
was suspended at the same axial distance from the distrib-
utor plate (z = 0.6 m) and the same radial location in the
column (r/R = 0) while the static bed height was varied.
The results for the heater in the centre of the bed are given
in Fig. 7. A transition in the heat transfer coefficient pro-
files was observed in the region of the onset to turbulent
fluidization for all static bed heights investigated. For
H0 = 1.0 and 1.2 m with H0/Dt > 3, the increasing bed
depth did not have a significant effect on the heat transfer
coefficient, nor on the onset of turbulent fluidization. There
was about a 25% difference between the heat transfer coef-
ficients measured in the 0.8 m and 1.2 m deep beds at low
gas velocities, this difference diminishing as U increased
beyond 0.6 m/s where there is a high probability that the
bed was in the turbulent regime. Different circulation pat-
0.6

0.7

0.8

0.9

1

1.1

1.2

1.3

1.4

0 1 2 3 4
Rep

N
u

1.2
0.8
1.0

H0, m

U c range

U c range

Fig. 7. Effect of bed depth on dimensionless time-mean heat transfer
coefficients for tube in the centre of the bed.



A. Stefanova et al. / International Journal of Heat and Mass Transfer 51 (2008) 2020–2028 2027
terns [28] and proximity of the splash zone for H0 = 0.8 m
may explain the higher heat transfer coefficients in the bub-
bling regime. If we look at the distance from the top of the
heater to the free bed surface, we see that for H0 = 0.8 m
the heater is in the top region of the bed, while for
H0 = 1.2 m the heater is in the middle of the bed. Stein
et al. [29] reported increased particle velocities close to
the free surface. This may have contributed to higher heat
transfer rates at the bed axis for H0 = 0.8 m for U < Uc.

The effect of the increased static bed height on the radial
profiles of heat transfer coefficient is shown in Fig. 8. The
open symbols represent data for H0 = 0.8 m, whereas the
bold symbols are for H0 = 1.2 m. For U < Uc, slightly
lower heat transfer coefficients were found in the centre
of the bed with increased height, whereas slightly higher
heat transfer coefficients were found towards the wall.
The effect of increased static bed height on heat transfer
undoubtedly depends on the void circulation patterns in
the bed for lower gas velocities. Beyond the onset of the
turbulent flow regime, the effect of the increased bed depth
became negligible.
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Fig. 8. Effect of static bed height on radial Nu profiles for (a) U < Uc and
(b) U > Uc.
4. Conclusions

For the conditions under which the experiments were
carried out:

– Heat transfer coefficients were highest for U P Uc, and
they changed very little in the turbulent flow regime,
as long as the heater remained completely covered by
dense bed.

– The radial profiles of the heat transfer coefficient were
flat and not affected by increasing superficial gas velocity
in the turbulent fluidization flow regime.

– The static bed height affected the heat transfer coeffi-
cients for U < Uc due to the different circulation patterns
in the bed for different static bed heights; this effect
diminished with increasing U beyond Uc.

– The Molerus and Wirth [25] semi-empirical correlation
gave the best predictions for our experimental results,
with a 9% error for H0 = 0.8 m and 11–31% error for
H0 = 1.2 m.

For U < Uc, the heat transfer coefficient is enhanced by
the increased particle exchange at the surface caused by
bubble wakes, while for U > Uc, the heat transfer coeffi-
cient is counterbalanced by the effect of increased voidage
and increased frequency of particle exchange at the sur-
face. In the turbulent flow regime, distinct dense and void
phases no longer exist, and instead of bubble wakes, the
particles are carried and accelerated by turbulent eddies
initially created by vortex shedding downstream of the
bubble when its rise velocity reaches a critical value. These
turbulent eddies interact vigorously with each other, con-
tributing to increased mixing and a more homogenous
flow structure as the superficial gas velocity is increased.
The transition to such a flow structure is gradual with
increasing gas velocity, and any model describing the heat
transfer across the different fluidization flow regimes
should consider the gradual nature of the transition. Fur-
ther hydrodynamic studies at the heat exchanger surface
are needed to be able to further delineate the mechanism
of particle exchange at the heater surface in the turbulent
fluidization regime.
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